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LIMITS ON THE PREDICTION OF ISOBARIC TERNARY PHASE
EQUILIBRIA BY NRTL AND LEMF EQUATIONS
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SUMMARY

The isobaric separation of multicomponent mixtures by distillation require reliable vapour-
liquid equilibrium data, Therefore, the separation is dependent on the predictive thermodyna-
mic method used for estimation of vapour-liquid equilibria. The abilities of the NRTL and
LEMF equations to predict isobaric binary and ternary vapour-liquid equilibria using oaly two
or more lower heats of mixing data were compared. A ternary and three binary systems compri-
sing the ternary were studied. Both equations gave reasonable results for binary systems with
intermolecular interactions (HE max <. 200 cal/g.mol). For physical interactions about 235
cal /g.mol the NRTL equation was found to be superior in the prediction of ternary VLE data
with standard deviation ranging from 12-17 9 whereas the LEMF equation could predict the
ternary vapour phase with in the accuracy of 16-21 9.

INTRODUCTION

In the heavy organic chemicals and petroleum industries, reliable
vapour liquid equilibria (VLE) data are required in order to design dis-
tillation equipment and to determine their optimum operating condi-
tions. Although a great number of methods are available in the litera-
ture describing the experiemental techniques suitable for the measure-
ment of equilibrium pressure, temperature and composition of vapour-
liquid phases, in many cases, experimental values for the required equ-
ilibria are not available at the particular given separation conditions.
There is then the choice of performing experimental determination of
VLE data or estimating the data with one of the theoretical prediction
relationships. Since the oxperimental determination of binary and »s-
pecially multicomponent VLE data is laborious and time consurcing,
designers often prefer prediction methods to estimate the equilibria
compositions. With the speedy development of computers, there is
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more concern for thermodynamic relations to predict binary and mul-
ticomponent VLE data from corresponding binary properties and pure
component data because generally binary properties are more readily
available. Since, most distillation processes in industry are carried out
under isobaric conditions rather than isothermal, it is preferred that the
predicting equations should refer to isobaric conditions. The aim of the
present study is to see whether NRTL or LEMF method of predisting
ternary VLE data is more prastical in estimating vapour phase mole
fraction values.

THERMODYNAMICS OF PHASE EQUILIBRIA

The fundemental thermodynamic condition for multicomponent
phase equilibria is expressed by the equality of fugacities fj, in all pha-
ses for each component (Souders, 1932).

fiv = fil, (1)

The fugacities are related to the experimentally determined quan-
tities x, y, T and P, through two auxiliary functions which contain the
fugacity coefficient o, and the activity coefficient -,

fiv = o; Yi P (2)
fiL - Yi Xj fio (3)

From Egs. (1), (2) and (3) the equation of multicomponent equilibria
becomes

. f.0
=2 X @)

When the vapour phase is assumed ideal, the fugacity of each
component reduces to its partial pressure

s 8
yo= P, (5)

The component saturation vapour pressure p;® for the required
p P p P q
temperature is calculated by the Antoine equation (Holmes and Van

Winkle, 1970).

B

Log (psf) = A— g (6)
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The composition of a vapour in equilibrium with a liquid can then
be caleulated with the saturated vapour pressure of component i, p;%,
and the liquid phase activity coefficient, y; by the Eq. (5).

The liquid-phase fugacity of component i, for condensable compo-
nent is given (Pausnitz, 1969) as,

{ AT
fiL = Yi . Xi inL exp S W dp (7)
Pl‘

£i°L is the fugacity of pure liquid i at the temperature of the solution

and at the reference pressure p'.

The standard-state fugacity is given by

fiol — pi 28 exp
Pi
When the pressure is low, it is common practise to set p* = p;® in
Equations (7) and (8).

A VR 7
J RT dp (8)

Taking V& = ViL, one may obtain

) P VL
fi = i Xi (Pis @is) exp j —_——— dP (9)
) RT

By rewriting Eq. 9 becomes
fil = v1 X; pi® @1% exp (—ViL ps* | RT) exp (V;L P [ RT)  (10)
where
fi09 = ps o# exp (—ViL pf | RT) = £CD (11)

£;(00 is the reference fugacity of pure liquid at zero pressure and o ;® is
the fugacity coefficient at saturation, all at temperature T. When Eq.
(10) is rewritten

£l = v Xy £°U exp (Vi P | RT) (12)

the exponential term is the Poynting correlation which corrects the
liquid fugacity to a zero-pressure reference. The liquid molar Vil is as-
sumed constant over the range of the integral. This volume is calculated
using Rackett’s equation as modified by Spencer and Danner (1972).
The modified Rackett equation for the saturated-liquid molar volume
as used here is
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Vil = ETL Zai",© = 1 4 (1—Tr)2/7 for T /To=Tr < 0,75 (13)

Pei

For the liquids used in this work, the quantity Za is tabulated by
Spencer and Danner (1972) and given in Table 1. f;(°1) data, both real
and generated, were fit to a function of the form given by Lykman
Table (1972) by Prausnitz (1967, 1980).

In inL == Cli + Czi / T + C3j_ T + C4i InT —I—- Csi T2 (14)
where C’s are constant. Eq. (14) excludes any form of the Antoine
equation which, although popalar for fitting data over a narrow range,
extrapolates very poorly over a wide range of temperature.

From Egs. (3), (4), and (12), for multicomponent vapour-liquid
equilibria, the equation of equilibrium for every condensable component
iis

vi = — P X; f;oL exp (P ViL/RT) (15) -
;P

The vapour phase fugacity coefficient is a function of temperatu-
re, total pressure, and the composition of the vapour phase; it can be
calculated from th2 equation of state using the thermodynamic relation
(Bealtie, 1949).

P — ps) (16)

In Dip — In Gi,pi® = Bii RT

The detailed derivation of Eq. (16) from the virial expansion in
terms of pressure is given by Hayden (1975).

When experimental values of the second virial cosfficients are not
available, the equation of Pitzer and Curl (1957) is used for pure non-
polar gases.

Mﬂ— = (0.1445 4+ 0.073 w) — (0,33 — 0,46 w) Tr-1 — (0,1385
R Ty
+ 0,5 w) Tr — (0,0121 + 0,097 w) Tr-3 — (0,0073 w) Tr-8
‘ 17)
where w is the acentric factor calculated from
w=—1—log Yo (18)

[

and P’j.; is the vapour pressure at T [T¢; = Tr = 0,7.
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The composition of a vapour in equilibrium with a liquid can then
be calculated by the Eq. (15) with the knowledge of the liquid phase
activity coefficient, v;.

Although assuming liquid phase activity coefficient equals to unity,
VLE data for ideal systems can be easily calculated by Raults and Dal-
ton’s Law, VLE data for real solutions which are subject to distillation
can not be valuated so easily. In order to overcome the difficulties met
in design and operation of the equipment, the estimation methods for
non-ideal systems have become subject to many investigators. In the
past 25 years two major group methods have developed to calculate
the activity coefficient of component i in a multicomponent mixture.
Generally, these methods can be divided into those which require binary
pair interactions, and those which split the component molecules into
fundamental groups.

The well known binary interaction methods are the NRTL equation
(Renon 1968), the LEMF equation (Marina, 1973, Hanks, 1978), and the
UNIQUAC equation (Abrams, 1975).

The major group contribution methods are ASOG (Derr, 1969) and
UNIFAC (Fredenslund, 1975).

Determination of Activity Coefficients

In a liquid mixture, all activity coefficients are directly related to
the molar excess Gibbs energy GE which was proposed by Scatchard
(1937).

N
GE = RT Z Xi In Yi (19)

i=g

If VLE data measured at some low temperature, say To, together
with several sets of heat of mixing data covering the entire temperature
range over which the extrapolation is to be made are available, one can

estimate the GE, at the temperature of interest by means of the integ-
rated Gibbs-Helmholtz relation (Prausnitz, 1969).
T E
GE(T) — —— GH(Ty) — T j AT gy (20)
T, T, T2

where HE(T) represents the heat of mixing of the system as a function
of temperature and GE(T,) is the low temperature reference set of data.
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Since it is difficult to obtain experimental HE data covering the entire
temperature range Hanks et al (1971) determined the parameters of a
given model by fitting the algebraic expression for HE, derived from the
GE model by application of the Gibbs-Helmholtz relation, to a set of
experimental HE data

HE — — T2 [——8 (;;?F/T) ] (21)
p, X

Using the parameters thus obtained to calculate activity coeffi-
cients from GE model, one may then compute activity coefficients, vi,
by applying the relation

].D. Yi = (n'_]_‘- GE) T, p, Xg = i ) (22)

_°
0 Xy
and hence VLE data from Eq. (15).

There are numerous semitheoretical and empirical models of GE,
which involve empirical constants which must be determined by fitting
the equations to experimental data.

If one applies Eq. (21) to the function GE (Xi, Ay, A, .. Ag) ome
obtains another algebraic function HE (Xj, A}, A,, ... Ay) which for
models of practical interest, contains the same set of adjustable para-
meters, Ag. Since HE data can easily be measured at moderate tem-
peratures, this method simplifies the prediction of VLE data.

WILSON Equation

Wilson (1964) proposed the following logaritmic function as an exp-
ression for the molar-excess free-energy for multicomponent systems

GE N N 93
RT = — i§1 Xi ln jEl Aij XJ] ( )

When Eq. (22) is applied to the expression above, the Wilson equation
for a multicomponent system becomes

Xt
J=1

M=z

N
ln'Yi:l——ln(Z Xj Aij)—' (24)
i=1

k

The heat of mixing for binary solution can be calculated from Eq.
(21) and (23).
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Av(gio—g11) Ari(g810—820)
E — 121812— 811 21081282 9
H %1 % [ X+ ApX, + X, + AyXy (25)
where
_ Y 812 — 811
A = —F— oxp (— e ) (26)
_ Y 821 — 8» )
A21 = Vz exp (~— T (27)

If Eq. (25) in curve-fitted to a set of experimental HE(X;) data by
the regrossion analysis methods, the values of (g, — g;;) and (gy; — 222)
can be determined for binary mixture (Orje 1965). Wilson’s equation
gives a good representation of GE data for many completely miscible
mixtures, but it has two disadvantages: first it can not predict the oc-
curence of partial miscibility, and second Wilson HE equation is shown
to break down to ideal solution models in the limit of large intermole-
cular interactions | HEp,, | > 120 cal /mol (Hanks, 1971). Wilson’s
equation, therefore, can be reliably used only for completely miscible
systems.

NRTL Equation

Renon and Prausnitz (1968) used the Wilson’s local composition
concopt in their derivation of the Nonrandom two-liquid (NRTL) equ-
ation. The NRTL equation, on the contrary to Wilson’s is applicable
to partially miscible as well as completely miscible systems. Renon and
Prausnitz’s equation for the excess free enmergy for multicomponent
systems is

GE N i=1
— . - 28
RT = o X (28)
2 GpX
N N
Z TJiG’jiX] - 2 XrTrJG'rJ
=1 2 G =]
In g — N XiGy (m _ )(29)
N j=1 N N
2 GpiXy 2 GypXg 2 GpXy
k=1 - k=1

where
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i = (g — gu) /RT, Gu = exp (— o 7j1)
oy = i, gij = &iir Gk = L, mx = 0. ] (30)

The parameters in Egs. (28) and (29) can be determined from bi-
nary HE data for the binary systems comprising the ternary.

HE — X Xo(821—811)6m [ | Xy
(X1 4+X5621) (X;4-X5621)
(812—822)61p [ 71Xy ]
X, X 1 — 31
T A XX Gy XX G (31)

When deriving HE expression from GE model, parameters are as-
sumed independent of temperature otherwise equations become very
omphcated (Asselineau 1970). When Hanks et al (1978) used a three-
parameter model of NRTL equation, they did not observe any syste-
matic temperature dependence of parameters. But, when the NRTL
equation was used as a two-parameter model (« was set to a constant
value of 0.3 as recommended by Renon and Prausnitz (1968) the para-
meters showed a clear temperature dependence.

LEMF Equation

Marina and Tossios (1973) studied the parametric behaviour of the
NRTL equation by setting « = —1 and called the new expression as
the LEMF model.

The LEMF model for multicomponent systems is described by the
Equations (32) and (22).

GE

2oy Xy
RT i

(32)

N
Z GpX;
k=1

7ij = (gij — giy) /RT and Gy = exp (— 7y)

Tii=‘rjj=‘rkk=o GiiZij':Gkkzlo
The parameters in Eq. (32) can be calculated from the expenmen-
tal binary HE data, by the following equation.
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HE _ X‘IXZRTTI (1 + TIG1X2
X1+X,64 X1+X,6
122 1 —_—227 71 33
+ Xo+X46, ( + Xy +X416, (33)

Both the NRTL and the LEMF equations require the determina-
tion of two parameters for each binary system comprising the ternary.

SELECTION OF THE TERNARY MIXTURE FOR THIS WORK

While choosing the ternary system for this work, the following
requirements were kspt in mind:

1- Two or more sets of HE data each measured at a different tem-
perature for each of the binary comprising the ternary system must be
available in the literature.

2— Max. heat of mixing of each binary mixture must differ from
each other.

3- The experimental isobaric ternary vapour-liquid equilibrium
data must be available in the literature.

With these considerations Benzens(1) /Toluene (2) /u.Heptane (3)
(Park and Nam, 1986) has been chosen to study the prediction of iso-
baric ternary vapour-liquid equilibria from two or more isothermal low
temperature heat of mixing data.

CALCULATION PROCEDURE

Expressions for HE, for the NRTL model, Eq. (31), (The « para-
meter was fixed at 0.3 in calculations) and the LEMF meodel, Eq. (33),
were fitted to experimental binary HE data (Rastogi 1967, Lundberg
1964, Brown 1955) to determine the numerical valves of the parameters
at given temperatures for the three binary systems which comprise
the ternary system studied in this work. Determination of (gi; — gj;)
values require many iterations and for practical purposes, the Quasi-
Newton fit program has been developed to evaluate the parameters by
minimizing the function given by Eq. (34).

Sez == —]1" pX (HEcal - HE’exp)2 (34‘)
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The values of (gi; — gj;) and (g;; — gis) parameters thus obtained were
used to predict the istohermal heat fo mixing data. The error between
the calculated and the experimental values of HE for a given system
composition, X, was expressed as the Root Mean Square Deviation
(R.M.S.D.) and Percent Standart Deviation.

1 1/2
RMSD. = [ 2 (HEq — HEeyxp)? ]

n

1

n-1

1/2
S.D. 9% = ? S (HEq; — HEqp) [HBexp)? % % 100

Two or more sets of HE data, each at a different temperature were
fitted in this way and the values of (gi; — gj;) and (gji — gii) thus ob-
tained were extrapolated as a linear function of temperature, to the
boiling point of the ternary mixtures. Tho values of (gi; — gj;) and (gji —
gi;) determined by this extrapolation technique were used in Eqs (29)
and (22) to evaluate the activity coefficients for the first and the se-
cond component of the ternary system. The respective parameters ob-
tained are shown in Tables (2) and (3) .How well the NRTL and the
LEMF equation fits heat of mixing data is demonstrated by R.M S.D.
and S.D. 9%, reported in Tables (2) and (3).

The vapour phase fugacity coefficients were calculated by using
the virial equation. The self viral coefficients were computed where
necessary, by the Pitzer and Curl (1957) method. Liquid molar volumes
of the pure components were required for calculation of the Poynting
correction factor. These were obtained from the Eq. (13) at the required
ternary boiling point. Pure component vapour pressures P;® were com-
puted by means of Antonie equation. Antoine constants were obtained
from Holmes (1970). The necessary constants for the calculations are
given in Table 1.

The calculated yi's in turn was used in Eq. (15) to evaluate y, and
y, values at 1 atm. Then y; was otained from the relation given be-
low.

Sy = 1.0 (35)

For practical purposes, a detailed computer program was prepared for
each of the two equations to predict the isobaric ternary equilibrium
data. In the computer programs the liquid composition, the beiling
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point and the total pressure were fixed by the experimental data and
the solution models were used to predict the vapour compositions.

Vapour compositions predicted by the NRTL and the LEMF
cquations are given in Table (4). The R.M.S.D. s and S.D. 9/ of the
experimental and the calculated vapour mol fractions were tabulated in
Table (5) for comparison.

RESULTS AND CONCLUSIONS

The separation of multicomponent mixtures by distillation require
reliable VLE data. Experimental data for binary mixtures are frequently
available, bat data for melticomponent mixtures almost never availab-
le, and must be calculated. For that reason the separation is dependent
on the predictive thermodynamic method used for estimation of the
VLE data. The limitations of these predictive methods must be consi-
dered in the design and operation of distillation ¢olumns. There would
appear to be a major difficulty in selecting one thermodynamic models
as “the best” as the choice may be system dependent.

Tables (2) and (3) summarizes the results of Quasi-Newton fit
programme for binary systems It can be seen from these tables that the
NRTL equation can predict the isobaric binary VLE data with stan-
dard deviation ranging from to 5 to 24 9, whereas the LEMF equation
could estimate the vapour phase within the accaracy of 2-31 9.

Table 5. summarizes the results of testing the NRTL and LEMF
equations using the published ternary VLE and binary heats of mixing
data. Although NRTL and LEMF equations were originally derived
for prediction of isothermal VLE, the predictions show that Isobaric
ternary VLE data can be estimated as accurate as isothermal VLE data
using NRTL parameter constants obtained from two or more low tem-
perature heats of mixing data. The NRTL equation was found to be
superior to the LEMF equation, in the prediction of ternary VLE data
with standart deviation ranging from 12-17 9, whereas the LEMF
equation could predict the vapour phase within the accuracy of 16-21
%- An examination of the ternary VLE errors in the predicted vapour
phase compositions (Table (5)) show R.M.S.D.’s of the order of 0.027-
0.035 mole fractions with the NRTL equation and R.M.S.D.’s of the
order of 0.028-0.062 mole fractions with the LEMF equation Park et
al (1986) correlated their expevimental ternary isobaric VLE data by
means of the NRTL parameters obtained from only binary VLE data
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Table 5. Compariscn of NRTL and LEMF eEquations in the Prediction of Isobaric
Ternary Vapour-Liquid Equilibrium Data.

R.M.S.D. 5.D. %
Equation v, l Yo ¥s Y; Yo | ¥s

NRTL 0.0342 | 0.0268 | 0.0353 | 12.50 17.80 | 16.08
LEMF 0.0488 | 0.0277 | 0.0619 | 16.12 | 18.21 21.61

Parl’s (1986) correlation was in the order of 0.021-0.025 mole fractions.
Comparing our predictions with their correlations, it can be detected
that our predictions obtained with the NRTL paramoters are quite
reasonable eventhough the correlation values are little better. If Table
(4) in closely observed, one may find out that standart d2viations highly
increases when the composition of one of the component is y; < 0.05.
In table (4) if the experimental runs, 15, 21 and 38 are excluded from
the calculations than S.D. 9 drops below 12 9, which makes the results
comparable to those obtained for isothermal conditions with NRTL
equation. This feature provides an important ceonomic advantage sine?
the amount of experimental work required to charactzrize a multicom-
ponent solution is thereby very much reduced. And the sensitivity va-
riables in the calculations are the thermodynamic models used and the
cause of the prediction errors is the lack of reliable low temperature
heats of mixing data in the literature. The limitations of these predic-
tive methods must be considered in the design of distillation columns.
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SYMBOLS

Ay Parameter

A.B.C.D. Antoine constants

By Viral coefficient

Cy, G, Standart-state Fugacity Eq. Constants
f Fugacity

GE Gibb’s Excess Free Energy.

gii — gji NRTL or LEMF Equation parameter
HE Heat of mixing (cal/g.mol)
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N Number of components in a multicomponent system:

n Number of experimental points

P Total pressure (mm Hg)

Pei Critical pressure of component i

pi® Vapour pressurs of component i at the system boiling point
(mm Hg)

Pr Reducaed pressure (p;/pei) ~

R Ideal gas constant (cal /jg.mol °K

T Absolute temperature (°K)

Tei Critical temperature of component i

Ty Reduced temperature (T /Tc;)

VL Liquid molar volume of component i

W Acentric factor

X; Mole fraction of component i in liquid phase

Vi Mole fraction of component i in vapour phase

Z,; Modified Rackett number

GREEK LETTERS

o NRTL Equation parameter

Yi Liquid phase activity coefficient of compoenent i
A Wilson Equation parameter

Tip NRTL and LEMF equation parameter

o fugacity cosfficient

SUPERSCRIPTS and SUBSCRIPTS

i j, k component, i, j, k in a multicomponent system
L Liqaid phase

o Standart state

r Reduced

v Vapour phase
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